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Utilizing non-edible lignocellulosic biomass for second-generation biofuel production offers 

a promising solution to address agricultural and food waste accumulation. The objective of 

this study is to design a plant capable of producing biohydrogen and three other biofuels  

simultaneously. Palm-based empty fruit bunch and mesocarp fiber are chosen as feedstock for 

their cost-effectiveness, high production rate, and low moisture content. Feasibility is assessed 

through Aspen Plus simulation and process flow diagram (PFD) illustration. The designed PFD 

integrated sustainability principles spanning economic, social, and environmental dimensions 

such as the inclusion of flue gas treatment, the integration of a gas cyclone in the flue gas cleaning 

system and the adoption of a unified cooling water stream. Located in Kuantan, Pahang (3.8168 

˚N, 103.3317 ˚E), the designed plant successfully achieves a production capacity of 62.5 kt of 

99 % purity renewable hydrogen annually with the potential cost of USD 12.40 per kg of output. 
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Second-generation biofuels, derived from perennial 

crops such as willow, eucalyptus, and silver grass, along 

with non-edible lignocellulosic biomass like citrus peel, 

barley straw, and corn stover, offer a sustainable solution. 

Emphasizing the utilization of non-edible lignocellulosic 

biomass can significantly mitigate the accumulation 

of agricultural and food waste. Operational costs for 

second-generation biofuels are projected to be 

substantially lower than those for first-generation 

counterparts, with raw material expenses comprising 

only 25–30 % of the total price of food crops [1-4]. 

 

As depicted in Figure 1, circular bioeconomy 

can be initiated gratifyingly by utilizing the second-

generation biofuels, wherein the potential of biomass 

can be maximized through successive utilization over 

time. Wastes and residues can be further converted 

into value-added products by upcycling sustainable 

and resource-efficient biomass through integrated 

production chains. The implementation of circular bio-

economy can enhance biomass conversion efficiency 

and the production of value-added commodities, while 

also generating new economic opportunities for rural 

communities and contributing to climate change 

mitigation. It is plausible that the circular bioeconomy 

will contribute to achieving sustainable development 

goal (SDG) 11, which advocates for sustainable  

urbanization [5, 6]. 

 

 

 
 

Figure 1. Circular Bioeconomy. 
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Beyond its significance in attaining the SDGs, 

the escalating demand for biofuels including renewable 

hydrogen stems from various factors, including (i) the 

pursuit of clean and renewable energy sources, (ii) the 

promotion of carbon-neutral biofuels to enhance carbon 

sequestration and diminish greenhouse gas emissions, 

(iii) the generation of employment opportunities for 

local communities, (iv) the reduction of air pollution 

through the mitigation of agricultural crop residue 

accumulation and burning, and (v) the enhancement of 

national economic growth by decreasing dependence 

on imported hydrocarbons [7-9].  

 

Leveraging the inherent qualities and advantages 

of second-generation biofuel, this study strives to 

design and construct a novel hydrogen production 

facility using a secondary-generation biofuel source 

capable of fulfilling worldwide demand. There are 

two research questions to be answered: (1) which 

process route is the best to produce biofuel, and (2) 

how to construct a sustainable conceptual design 

for renewable hydrogen production. Therefore,  

the objectives of this study are: (1) to select the best 

process routes for biofuel production, and (2) to  

construct a biofuels production plant that includes 

a production rate of more than 50 kt per year of 

renewable hydrogen. A feasibility study will be  

conducted on the best-chosen process route upon 

comparison of a minimum of three routes. Consequently, 

this investigation will concentrate on devising a  

plant capable of producing three biofuels through 

one process route. 

 

CONCEPTUAL DESIGN 

 

Process Route Selection 

 

Various criteria were employed to evaluate different 

process pathways, as summarized in Table 1. The 

selection of the optimal process considered factors 

such as safety, environmental impact, and economic 

considerations. Economic aspects were further  

categorized into profit margin, operating costs, and 

biogas production yield. 

 

 

Table 1. Process routes comparison. 

 

Process routes Anaerobic digestion Pyrolysis Co-gasification 
 

Production yield 
 

▪ Biomethane: 82.22 %  

▪ Bio-oil: 2.82 %  

▪ Hydrochar: 0.576 % 

 

▪ Bio-oil: 45.75 %  

▪ Bio-char: 29.05 %  

▪ Bio-gas: 25.2 % 

 

▪ Bio-gas: 88.67 %  

▪ Solid Residue: 5.67 %  

▪ Ash: 2.15 %  

▪ Bio-char: 0.54 % 

 

Strengths 
 

▪ Optimum C/N ratio 
 

▪ Free of highly toxic 

throughput production 

▪ Diverse biomass materials 

applicable 

 

▪ Costs effective  

▪ Elevated energy efficiency  

▪ Competitive quality with 

diesel 

 

Weaknesses 
▪  

▪ Extensive consumption of 

energy 

▪ High capex of electrolysis  

▪ May cause undesired 

respiratory inflammation 

upon exposure [10, 11]. 

▪  

▪ Require treatment to reduce 

the high concentration of 

CO in the produced gas. 

▪ Fire and explosion hazards. 

▪  

▪ Relatively sensitive process, 

skill level required disposal 

of effluents (scrubbing 

water). 

 

Environmental 

impact 

▪  

▪ Potential circumstance of 

soil and water related 

issue. 

▪ May become source of 

pathogens. 

▪  

▪ Minimal greenhouse gasses 

emission. 

▪  

▪ Production of 

polyhalogenated organic 

compounds. 

▪ Generation of chars and tars. 

▪ Emission of toxic and heavy 

metals elements. 

Scale Commercial Commercial Pilot 

Operating cost 

(USD M/year) 
33.9 66.66 0.18 

Profit margin 

(USD M/year) 
1988.49 195 313.41 
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Table 2. Main characteristics of batch, semi-batch and continuous. 
 

 Continuous Batch Semi-batch 

Temperature 250 - 450 ℃ 100 - 380 ℃ 170 - 310 ℃ 

Pressure 23 – 100 MPa 0.1 – 22 MPa 10 – 20 MPa 

Residence time Millisecond-seconds Minute - hours Minutes 

Equipment requirements High Low Medium 

Process control High Low Medium 

 

 

Co-gasification exhibited the highest yield 

in biogas production, indicating its capability to  

generate the most biogas from the same quantity 

of biomass raw material. Furthermore, among the 

proposed process pathways, co-gasification exhibited 

the lowest operational costs, implying its potential 

to maximize profits at a reduced expense. Anaerobic 

digestion showcased notably high profitability margins, 

encompassing profits from by-products. Consequently, 

when solely comparing profits derived from the  

primary product, hydrogen gas, the value is expected 

to be considerably lower. Hence, from an economic 

standpoint, co-gasification remains the most favorable 

option. Anaerobic digestion poses potential environ- 

mental risks by impacting soil and water quality and 

serving as a breeding ground for pathogens. In such 

scenarios, pyrolysis and co-gasification emerge as 

preferable alternatives since they both generate  

hydrogen gas and produce non-polluting solid carbon 

char from natural gas, with co-gasification releasing 

minimal carbon dioxide emissions. From a safety 

perspective, pyrolysis presents a substantial risk of 

fire and explosion attributed to the release of hydro-

carbons. In contrast, co-gasification entails potential 

hazards related to the piping in the air separation 

unit (ASU), where leakage of liquid oxygen could 

lead to severe combustion. Thermal liquefaction  

necessitates preheaters to elevate the biomass slurry 

temperature, but there's a risk of overheating,  

potentially causing explosions and significant damage. 

During anaerobic digest ion, the predomina nt 

components of biogas are methane and carbon dioxide. 

Mitigating methane leakage is crucial to prevent fire 

hazards, as methane can form explosive mixtures in 

the air, resulting in explosions. 

 

PROCESS DESIGN AND SYNTHESIS 

 

Level 1: Process Operating Mode 
 

The initial step towards assessing economic potential 

involves identifying the input data, also referred to as 

design factors. These data points will primarily originate 

from the process mode employed in the study. Process 

modes can be classified into three main categories: batch, 

semi-batch, and continuous. Among these, continuous 

operation offers numerous advantages over batch and 

semi-batch modes, including the ability to consistently 

produce high-quality goods at lower capital costs 

and higher productivity rates. These benefits directly 

contribute to increased production profit margins.  

Additionally, continuous processes enable improved 

process control and monitoring, enhancing asset  

utilization. Table 2 presents a comparative analysis of 

various operating modes. 

 

Level 2: Input-output Structure of the Flowsheet 
 

However, the second tier of the Douglas hierarchical 

process states the feed flow rate is perceived as the 

limited factor for the design variables, scrutinizing 

the input-output structure of the process flowsheet. 

The central focus of this study's input-output structure 

lies in the co-gasification of raw biomass feedstock, 

specifically empty fruit bunches (EFB) and mesocarp 

fiber (MSF), aimed at hydrogen production [12, 13]. 

It's imperative to emphasize that the economic evaluation 

of this study will solely consider its primary product: 

hydrogen. The complete mass balance for the proposed 

co-gasification process is depicted in Figure 2, in 

which 𝑚̇ refers to the mass flow rate of each stream. 

As illustrated, 63,535.389 kg/h of water and 29,650 

kg/h of EFB and MSF were inserted into the co-

gasification reaction, resulting in an output of  

7,000.672 kg/h of purified hydrogen throughput.  

 

 

 
 

Figure 2. Overall mass balance in the process 

boundary. 

 

 

Table 3. The price list of the involved materials. 
 

Materials Price (USD/kg) 

Purified Hydrogen (99 %), H
2
 12.5 

Water 0.00019 

Oil Palm Mesocarp Fiber 0.012 

Empty Fruit Bunch 0.012 
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Table 4. Calculation summary of the economic potential. 
 

Parameters Inlet Outlet 

Material EFB MSF Water H2 

Mass flow rate (kg/h) 29650 29650 63535 7000.7 

kg/kg product 4.24 4.24 9.08 1 

USD/kg 0.012 0.012 0.0002 12.5 

EP (USD/kg Product) 12.397 

 

 

Understanding the cost of the raw materials, including 

water, hydrogen, EFB, and MSF, is essential for  

conducting the economic potential analysis, which is 

tabulated in Table 3. 
 

As revealed in the equation below, the second 

tier of the economic potential mainly refers to the 

income generated by the process and the expense 

associated with the raw materials, whereby C indicates 

the cost and F indicates the molar ratio [14]. 

Therefore, the economic potential of the study can be 

computed as below: 

Table  4  ou t l ined  the  su mmary  of  the  

comprehensive economic potential calculation study, 

revealing that the process can be deemed profitable, 

whereas a general profit of USD 12.40 can be earned 

with the production of 1 kg hydrogen. 

 

Level 3: Reactor Design and Reactor Network 

Synthesis. 

 

The proposed co-gasification plant consists of four key 

phases, which include (1) the co-gasification process, 

(2) air separation process, (3) water gas shift reaction, 

and (4) hydrogen purification process. Among these, 

co-gasification stands out as the pivotal step, wherein 

biomass feedstock (EFB and MSF) is initially converted 

into hydrogen gas, the desired end product. 
 

Concurrently, side products such as carbon 

monoxide are also generated during this phase. To 

enhance the overall production yield of hydrogen gas, 

it is advisable to employ the water gas shift reaction, 

which facilitates the conversion of produced carbon 

monoxide with steam into hydrogen and carbon dioxide. 
 

Co-gasification Process 
 

As depicted in Figure 3, pre-shredded EFB and MSF 

will undergo drying processes to reduce the moisture 

content of the biomass. Ensuring optimal gasification 

performance is crucial, as high biomass moisture  

content can significantly lower reaction temperatures 

and impede gasification reactions [15, 16]. Subsequently, 

the dried raw material will be transferred to the co-

gasifier using a screw conveyor. Additionally, oxygen 

generated at the ASU will be introduced into the co-

gasifier as a gasifying agent to facilitate the conversion 

of biomass into syngas. 
 

In the co-gasifier, one of the reactions occurring 

is the pyrolysis of dried biomass materials, liberating 

char (carbon) and other volatile species that subsequently 

engage in a series of gasification processes [17]. 

Sikarwar, Zhao [18] delineate the biomass gasification 

 

 

 

 

process into three sequential reaction steps. During 

the primary reaction step, biomass material under-

goes transformation into primary oxygenated vapors, 

liquid chemicals, water vapor, and carbon dioxide 

at temperatures below 500 °C. In the secondary stage, 

occurring between 700 and 850 °C, original liquid and 

vapor species are converted into products like tar,  

hydrogen, carbon dioxide, water vapor, gaseous olefins, 

phenolic and aromatic species, and carbon monoxide. 

These gaseous species facilitate various reactions 

including cracking, methanation, steam reformation, 

and water-gas shift. The tertiary stage, between 850 

and 1000 °C, sees the formation of carbon dioxide, 

carbon monoxide, hydrogen, aromatic compounds, tar 

and water vapor. Moreover, Liao, Wu [19] documented 

that the presence of inorganic components in the  

biomass raw material facilitates the generation of ash 

during the gasification process. Fly ash and bottom ash 

primarily comprise oxides of aluminum, calcium, iron, 

and other metals, alongside residual char [19]. 
 

Decision 1: Reactor Performance 
 

To determine the most suitable gasification technique, 

this study investigated fluidized bed, entrained flow, 

fixed bed, and spouted bed gasifiers, with the results 

presented in Table 5.The entrained flow gasifier, 

designed for gasifying finely refined coal, imposes 

restrictions on fuel particle size, rendering it unsuitable 

for fibrous biomass gasification, particularly MSF as 

recommended in the biomass feedstock [18, 21].

𝑅𝑒𝑣𝑒𝑛𝑢𝑒 − 𝑅𝑎𝑤 𝑀𝑎𝑡𝑒𝑟𝑖𝑎𝑙 𝐶𝑜𝑠𝑡 = 𝐸𝑐𝑜𝑛𝑜𝑚𝑖𝑐 𝑃𝑜𝑡𝑒𝑛𝑡𝑖𝑎𝑙 (𝐿𝑒𝑣𝑒𝑙 2)  

𝑓𝑒𝑝 = ∑𝐶𝑃𝐹𝑃 − ∑𝐶𝑅𝐹𝑅         (1) 

𝑓𝑒𝑝 = [(4.24 × 0.012) + (0.00019 × 9.08) + (12.5) × (1) − (4.24 × 0.012)] 

𝑓𝑒𝑝 = 12.397 (𝑈𝑆𝐷/𝑘𝑔 𝑝𝑟𝑜𝑑𝑢𝑐𝑡) 
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Figure 3. A schematic diagram of the co-gasification process unit: R-101 is co-gasifier; D-101 -102 are belt 

dryers. 

 

 

Table 5. Comparison table for co-gasification reactor selection. 
 

Parameter Fluidized Bed Entrained Flow Fixed Bed Spouted Bed 

Process mode 
 

Continuous Continuous Batch Continuous 

Particle size (mm) 0.1 – 5 0.7 < 0.1 < 0.2 

Temperature (℃) 800-900 1200 - 1500 750 900 - 1000 

Biogas production yield (%) 60 72 60 70 - 80 

Cost  Low High Low Low 

Operation  Simple Complex Simple Complex 

Limitations 
 

Back mixing limit 

results in slow 

oxygen diffusion 

and biomass 

conversion rate 

Fuel size 

restrictions 

Fuel size and 

moisture 

content 

restrictions 

Tar cracking 

reactions can be 

limited by the short 

residence time of 

the volatiles 

References  [20] [21] [22] [23] 

 

 

Among the gasifiers, fixed bed gasifiers are widely 

used due to their simple construction, cost-effective 

operation, and minimal need for raw material pre-

treatment. However, they are typically utilized in batch 

operations due to their limited capacity to handle large 

quantities of biomass [18, 22]. Consequently, for the 

proposed continuous process, fixed bed gasifiers are 

deemed unsuitable. In large-scale biomass gasification 

processes operating continuously, fluidized bed gasifiers 

are commonly employed. The circulating gasifying 

medium enhances heat and mass transfer between 

phases and can accommodate a wide range of biomass 

particle sizes while maintaining consistent temperature 

distribution within the gasifier bed. It possesses the 

capability to handle diverse biomass feedstocks.  

Furthermore, in comparison to fixed bed gasifiers, it 

demonstrates a relatively higher capacity for processing 

biomass [18]. An appropriate reactor choice for the 

proposed co-gasification process is the fluidized bed 

gasifier. Conversely, the conical spouted bed reactor 

(CSBR) has commonly been utilized for gasifying 

plastic waste or a fraction of biomass feedstock to 

address the defluidization issue encountered by the 

fluidized bed reactor (FBR). Herbaceous biomass feed-

stock with elevated Si, K, and Ca content may lead to 

the formation of viscous mixes, promoting particle 

agglomeration and hindering fluidization in FBR. 

Similarly, FBR experienced agglomeration and 

defluidization due to plastic melting. Hence, the 

application of high collisions and vigorous particle 

movement in CSBR has been identified as an effective 

approach to prevent bed defluidization caused by 

particle agglomeration [18, 24]. When gasifying a 

unique feedstock necessitating defluidization— which 

is not the case for the suggested biomass, EFB, and MSF-

CSBR emerges as a preferable option. Compared to 

fixed bed and fluidized bed reactors, the spouted bed 

reactor features a more intricate design and operation, 

requiring multiple pumps, thereby escalating the initial 

system cost. Additionally, Sebastian and Paul [25] 

asserted that the primary drawback of spouted bed 

gasification is the brief residence time of volatiles, 

hindering tar-cracking reactions. Following the 

elimination of problematic choices, the fluidized bed 

gasifier stands out as the most suitable reactor for the 

proposed co-gasification process. 
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Decision 2: Reactor Operating Conditions 
 

Table 6 presents the operational status of the gasifier. 

Sikarwar, Zhao [18]  emphasizes that gasifier 

temperatures exceeding 800 °C can lead to a higher 

yield of gaseous products derived from carbon, volatile 

species, and high molecular weight hydrocarbons, hence 

favoring higher gasification temperatures. According 

to findings by Loha, Chatterjee [26], an increase in the 

temperature of biomass gasification results in higher 

production of carbon monoxide and hydrogen, while 

methane and carbon dioxide production decrease. Ding 

and He [17] observed similar trends and proposed 

that this phenomenon may be attributed to elevated 

temperatures enhancing the Boudouard reaction and 

steam reforming reaction [17]. Moreover, when the 

gasification temperature reaches approximately 900 °C, 

all processes tend to approach equilibrium, and the 

composition of the syngas produced tends to stabilize 

accordingly [17]. 

 

 

Table 6. Reactor operating condition for co-

gasification. 
 

Parameter Value 

Temperature 900 °C 

Pressure 1 atm 
 

Phase ▪ Solid phase: biomass 

particles 

▪ Gas phase: oxygen and 

product gases 

Catalyst 2.5 wt% Ni/Al2O3 

 

 

Decision 3: Reactor Configuration 
 

In the proposed process flow, the inlet and outlet streams 

and configuration of the gasifier are summarized in 

Table 7. 

 

Water Gas Shift Reaction (WGSR) 

 

The co-gasification process yields a variety of chemicals, 

such as carbon monoxide (CO), carbon dioxide (CO2), 

hydrogen (H2), and so on. The goal of the WGSR 

process is to boost the total yield of H2 production by 

converting carbon monoxide and steam into carbon 

dioxide and hydrogen. It is said as follows [27]: 

 

CO + H2O ↔ CO2 + H2               (2) 

 

 

Table 7. Inlet and outlet streams in the gasifier 

system boundary. 
 

Parameter Value 

EFB input flowrate 29650 kg/h 

MSF input flowrate 29650 kg/h 

Oxygen input flowrate 6383.51 kg/h 

Gas outlet flowrate 65682.93 kg/h 

Orientation 
Vertical Fluidized 

Bed Reactor 

 

 

Decision 1: Reactor Performance 

 

The WGSR reactor, being a fixed bed reactor, employs 

a suitable catalyst primarily selected for its high  

conversion rate per unit weight, ease of construction, 

low capital and operational costs, and ability to operate 

under high pressure and temperature conditions. Due 

to the exothermic nature of the WGSR reaction, the 

production of H2 is thermodynamically restricted at 

elevated temperatures in accordance to the Le Chatelier's 

principle. However, as per the Arrhenius equation, at 

higher temperatures, the reaction rate tends to increase, 

thereby enhancing CO conversion. To optimize H2 

production or CO conversion under such conditions, 

WGSR can be conducted in two temperature stages: a 

high-temperature step (HT-WGSR), typically ranging 

from 350 to 450 °C, employing high- temperature 

catalysts (HTCs); and a low-temperature step (LT-

WGSR), typically ranging from 180 to 250 °C,  

utilizing low-temperature catalysts (LTCs) [28, 29]. 

A comparison table detailing the performance of 

various catalysts in WGSR is provided in Table 8. 

Renowning to the superior carbon monoxide conversion 

efficiency, copper-nickel on activated carbon (Cu-

Ni/AC) was chosen as the catalyst for the WGSR 

process. 

 

 

Table 8. Comparison table for WGSR catalyst selection. 
 

Parameter Mn–Cr/TiO2 Cu/Fe3O4 Cu-Ni/AC Pt@CeO2/H-SBA-16 

Temperature (℃) 320-420 275-400 200 360 

CO conversion (%) 61.3 99.4 32 75 

Pore size (nm) 6.67 3.1 6.5 N/A 

Surface area (m2/g) 1.5 415 773 N/A 

References [30] [31] [28] [29] 
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Decision 2: Reactor Operating Conditions 

 

Table 9. Operating conditions for WGSR reactor. 
 

Parameter Value 

Temperature 360 °C 

Pressure 1 bar 

Phase 
Gas phase: steam, carbon 

dioxide, hydrogen 

Catalyst Cu-Ni/AC catalyst 

 

 

In this study, the WGSR process was proposed to occur 

at high temperature (HT-WGSR) environment, ranging 

from 350 to 450 ˚C, given the selection of the high-

temperature catalyst, Cu-Ni/AC. The operating conditions 

of the WGSR reactor are summarized in Table 9. 
 

Decision 3: Reactor Configuration 
 

The inlet and outlet streams and orientation of the 

WGSR reactor are summarized in Table . 

 
Table 10. Inlet and outlet streams and orientation of 

the WGSR reactor. 
 

Parameter Value 

Gas input flowrate 65600.56 kg/h 

Steam input flowrate 63535.39 kg/h 

Gas outlet flowrate 129135.95 kg/h 

Orientation 
Vertical fixed bed 

reactor 

 
Level 4: Separation System Synthesis 
 

Decision 1: Types of Separators 
 

The separation system is pivotal in the overall operation 

of the process plant. Implementing an appropriate 

separation procedure could potentially enhance the 

production yield of the final output in this study, which 

is pure hydrogen. The separators utilized in this  

investigation include a fluidized bed membrane reactor 

(FBMR) for hydrogen purification, a series of cryogenic 

distillation columns within the ASU responsible for 

oxygen separation and supply, and a cyclone separator 

located at the co-gasifier outlet, which is linked to an 

H2S adsorber. 

Decision 2: Sequencing of Separators 
 

ASU: Cryogenic Distillation 

 

The ASU, focusing on extracting oxygen from compressed 

air, is positioned at the upstream end of the process flow. 

Oxygen extracted from this unit would be transferred 

to the co-gasifier to serve as a reactant medium. 

Consequently, enhancing the purity of oxygen could 

enhance the production of biogas from the co -

gasification process, which in turn would benefit the 

subsequent production of hydrogen downstream. In 

general, there are four major steps in the oxygen 

separation process: (1) air compression; (2) air cooling; 

(3) liquefaction; and (4) distillation. Several heat 

exchangers will be used to lower the temperature 

of the gas in preparation for the next step in the lique- 

faction process, as well as compressors powered by 

electric motors to compress a big volume of air to high 

pressures. The liquefied air would then be introduced 

into the distillation column to remove nitrogen. 
 

Cyclone Separator 
 

Gas cyclones are widely acknowledged as dust collectors 

extensively employed in industry. Acknowledging 

their high processing capacity and simple operating 

conditions, cyclones are deemed economically and 

technologically feasible for the gas purification process 

in the industries. The functionality of a cyclone priorly 

relies on the integration of centrifugal force to the 

suspended particles present in the swirling gas stream. 

In the context of removing palm oil fuel ash (POFA) 

generated during the gasification of EFB and MSF, 

a cyclone was positioned downstream of the co-

gasification process. Remarkably, the collected POFA 

can be sold for additional revenue generation, with 

potential applications including dense membrane and 

asphalt production [32, 33]. 
 

H2S Adsorption Column 
 

Typically, the employed adsorption column serves the 

purpose of eliminating non-condensable H2S, which 

can lead to pitting corrosion in pipelines and down-

stream equipment [34]. Additionally, the presence of 

carbon dioxide and oxygen in the working fluid 

may accelerate the corrosion process. It's worth 

mentioning that the H2S adsorption process utilizes a 

packed bed reactor containing activated carbon [35, 36]. 

 

 

Table 11. Operating conditions of the distillation columns. 
 

Equipment Distillation Column 1 Distillation Column 2 

 Stream 19 20 26 27 

 Temperature (℃) -164.1 -164.1 -180.6 -184 

 Pressure (bar) 12 6.59 1.07 1.07 

 Mass flow rate (kg/h) 9374.59 19921.01 18092.96 11202.64 

 Nitrogen 7070.81 15025.48 10910.97 11185.32 

 Oxygen 2174.51 4620.83 6789.37 5.96 
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During the adsorption process, H2S initially adheres 

to the surface of the adsorbent. Subsequently, it 

undergoes dissociation and dissolves, resulting in the 

production of water vapor [37, 38]. 

 

Hydrogen Purification Unit: Membrane Separation 
 

An innovative component in the hydrogen purification 

process is the FBMR, which integrates the in-situ 

extraction of H2 with methane dry reforming within a 

singular unit. By effectively reducing the mass transfer 

limitations of H2 between the reaction bulk and the 

membrane wall, the design of this equipment becomes 

more applicable for industrial use [39, 40]. Notably, the 

FBMR has the capability to significantly enhance CH4 

conversion rates and increase H2 production yields. 

This can be ascribed to its capacity to promptly remove 

H2 from the reaction space upon completion of 

production, thereby boosting the availability of the 

reaction space and further facilitating the dry reforming 

process [41, 42]. It's worth mentioning that this study 

would utilize Al2O3 as the catalyst bed and integrate a 

flat sheet Pd-Cu alloy membrane into the system. 

 

Decision 3: Operating Conditions 
 

The operating conditions of each inlet stream with 

respect to the distillation column, cyclone and the 

FBMR was summarized in the following tables: 

 

 

Table 12. Operating conditions of the cyclones. 

 

Stream 50 

 Temperature (℃) 360 

 Pressure (atm) 1 

 Grade efficiency 90% 

 Particle size (for removal) > 0.258 𝜇m 

 Phase Mix 

 Mass flow rate (kg/h) 129135.95 

 Methane 358.44 

 CO 4504.86 

 CO2 82426.71 

 Hydrogen 7801.45 

 Nitrogen 387.53 

 Oxygen 0.000 

 Water 30748.69 

 Chlorine 182.79 

 Ash 2725.43 

 

 

Level 5: Heat Integration 

 

Pinch Analysis 

 

Pinch technology takes into account all heat transfers 

within a large energy-consuming facility in an effort 

 

 

to reduce external heat transfers to or from the  

location. By improving the process's heat recovery and 

lowering the external utility, it may be possible to 

reduce energy consumption financially. This plant's 

earlier design called for the heating or cooling of a 

total of 14 streams, whereby “HOT” stream indicates 

the streams that require cooling whilst “COLD” 

streams refer to streams that require heating. The 

heating element has not received any work (W). 

Consequently, the heat load and the enthalpy change 

(ΔH) were equivalent (Q) [43]. 

 
∆𝐻 = 𝑄 + 𝑊              (3) 

 
Enthalpy change formula: 

 
∆𝐻 = 𝑚𝐶𝑝∆𝑇            (4) 

 
With an acceptable temperature difference Tmin, which 

was chosen as 10 K as advised by Linhoff March's 

application, the maximum amount of heat transmission 

could be done [44]. Shifted temperature (Tshift) was 

calculated by the equation below: 

 

𝑇𝑠ℎ𝑖𝑓𝑡 = 𝑇𝑎𝑐𝑡 ±
∆𝑇𝑚𝑖𝑛

2
           (5) 

 

 

Table 13. Operating conditions of the FBMR. 

 

Stream 54 

 Temperature (°C) 400 

 Pressure (atm) 1.283 

 Hydrogen permeation 

recovery 
90.5 % 

 CO2 removal 99 % 

 Phase Mix 

 Mass flow rate (kg/h) 126410.52 

 Methane 358.44 

 CO 4504.86 

 CO2 82426.71 

 Hydrogen 7801.45 

 Nitrogen 387.53 

 Oxygen 0.000 

 Water 30748.69 

 Chlorine 182.79 

 Ash 0.000 

 

 

The process streams data was noted as below. 

 

Following the completion of pinch analysis 

using the problem table method, it was determined that 

a minimum hot utility of approximately 26825 kW and 

a minimum cold utility of about 9319 kW are required. 

The cold pinch temperature is identified at 25 °C, 
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while the hot pinch temperature is noted at 45 °C as 

indicated in Table . The pinch arises at an interval 

temperature of 35 °C, indicating that no heat transfer  

is possible across this boundary. The potential heat 

exchange between the hot and cold streams were 

revealed perspicuously by both cold and hot composite 

curves as delineated in Figure 4. Significantly, the hot 

composite curve (red curve) aligns with the cold 

composite curve (blue curve), stipulating the presence 

of heat transfer from hot to cold stream upon heat 

recovery. The pinch occurs at the point where the two 

curves are closest to each other. 

 

 

Table 14. Process stream data of the plant. 

 

Stream 

name 

Inlet 

stream 

Outlet 

stream 

Supply 

temperat-

ure (℃) 

Target 

temperat-

ure (℃) 

Mass flow 

rate 

(kg/h) 

Net duty 

(kW) 

Heat 

capacity 

(kW/K) 

HOT 1 S12 S13 151.65 30.00 28695.60 -981.77 8.07 

HOT 2 S14 S15 91.13 30.00 28695.60 -493.30 8.07 

HOT 3 S38 S25 142.87 -164.10 9182.59 -1219.80 3.97 

HOT 4 S17 S26 30.00 -164.10 19513.01 -1102.87 5.68 

HOT 5 SUB28 S30 -179.00 -184.00 10973.20 -33.25 6.65 

HOT 6 S29 S31 -175.42 -180.60 17722.40 -50.17 9.68 

HOT 7 SUB42 S42 900.00 360.00 65469.82 -19992.86 37.02 

HOT 8 S48 STORAGE 400.00 -251.95 7138.49 -20133.45 30.88 

COLD 1 S21 S37 -182.25 27.00 6252.77 697.09 3.33 

COLD 2 S35 S36 -194.75 29.25 22442.83 1448.05 6.46 

COLD 3 S46 S47 360.00 400.00 126279.78 2938.18 73.45 

COLD 4 WATER  25.00 100.00 3526.75 47405.42 632.07 

COLD 5  S43 100.00 360.00 3526.75 9025.16 34.71 

 

 

 
 

Figure 4. Hot and cold composite curves for the pinch analysis. 
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In Figure 5, a grand composite curve (GCC) 

was generated to illustrate the surplus heat within each 

interval. To satisfy the demands of cold streams, heat 

is transferred to lower temperature intervals. In some 

cases where the demand for cold streams surpasses the 

heat transferred, external heat utility becomes pivotal 

to boost the cold stream temperature to the desired 

level. In fact, the detailed information of the minimum 

cold and hot utility required for the process was  

furnished comprehensively by the GCC illustrated. 

The values for minimum cold and hot utility obtained 

from the GCC align with those acquired through the 

problem table method, totaling 26,825 kW for minimum 

hot utility and 9,319 kW for minimum cold utility. 

 

 
 

Figure 5. Grand composite curve. 

 

 

 

  
 

Figure 6. HEN design. 

 

Figure 6 illustrated the golden rule-connected 

heat exchanger network (HEN) grid diagram constructed 

in this study, whereby no external heating (𝐶𝑝ℎ𝑜𝑡 >
𝐶𝑝𝑐𝑜𝑙𝑑), no external cooling (𝐶𝑝ℎ𝑜𝑡 < 𝐶𝑝𝑐𝑜𝑙𝑑) and no 

process heat exchangers can be observed below, above 

and across the pinch, respectively.  

 

At the pinch point, COLD 4 stream required 

47405.4 kW of heat to raise its temperature from 25 ℃ 

to 100 ℃. HOT 1, HOT 2, HOT 3, HOT 7, and HOT 

8 were connected to COLD 4 stream to provide a total 

of 20587.17 kW of heat, leaving a remaining heat 

requirement of 26818.23 kW from external heat sources 

to reach the target temperature. COLD 5 required  

9025.12 kW of heat to increase its temperature from 

100 ℃ to 360 ℃. HOT 8 alone supplied the required 

9025.12 kW of heat, fully enabling COLD 5 stream 

to achieve the target temperature. HOT 3 transferred 

27.4568 kW to COLD 2, while HOT 7 contributed 

2938.16 kW to COLD 3. Regarding the hot streams, 

HOT 1, HOT 2, HOT 3, HOT 7, and HOT 8 released 

approximately 860.6574 kW, 372.2368 kW, 388.9473 

kW, 19992.96 kW, and 10963.11 kW, respectively, to the 

cold streams. 

 

Minimizing the requirement for external cooling 

and heating systems can be pivotal in limiting the 

plant’s carbon emissions and operational expenses. 

Therein, to achieve such an ideal scenario, it is critical 

to have a complete diffusion of heat from the hot 

streams to the cold streams. In this study, stream COLD 

2 was connected to numerous hot streams, including 

HOT 1, HOT 2, and HOT 8, to obtain a total heat of 

1420.69 kW. Meanwhile, stream COLD 1 was linked 

to stream HOT 3 to absorb 690.3364 kW of heat. 

Throughout the heating and cooling system design, it 

should be highlighted that an external cooling source 

is necessary to reduce the temperature of streams HOT 

4, HOT 5, and HOT 6, as they were not linked to any 

cold stream for heat release. 

 

Minimizing the requirement for external cooling 

and heating systems can be pivotal in limiting the 

plant’s carbon emissions and operational expenses. 

Therein, to achieve such an ideal scenario, it is critical 

to have a complete diffusion of heat from the hot 

streams to the cold streams. In this study, stream 

COLD 2 was connected to numerous hot streams, 

including HOT 1, HOT 2, and HOT 8, to obtain a total 

heat of 1420.69 kW. Meanwhile, stream COLD 1 was 

linked to stream HOT 3 to absorb 690.3364 kW of 

heat. Throughout the heating and cooling system design, 

it should be highlighted that an external cooling source 

is necessary to reduce the temperature of streams HOT 

4, HOT 5, and HOT 6, as they were not linked to any 

cold stream for heat release. 
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Table 15. Problem table and Cascade. 
 

 
 

 

Table 16. Utility comparison before and after heat 

integration. 

 

Utility Before 

(kW) 

After 

(kW) 

Energy 

saved (%) 

Cold 61513.902 9319 84.85 

Hot 44007.472 26825 39.04 

Total 105521.374 36144 65.75 

 

 

Following the completion of HEN matching, it 

was observed that COLD 1, COLD 4, HOT 3, HOT 4, 

HOT 5, HOT 6, and HOT 8 failed to reach the desired 

temperature, indicating the necessity for external heating 

or cooling sources. The total hot utility required amounts 

to approximately 26825 kW, while the cooling utility 

needed is around 9319 kW. As indicated in Table , the 

energy requirement post heat integration has 

successfully decreased by approximately 66 %, 

suggesting the potential for achieving a more  

sustainable plant operation post-integration. 

PROCESS FLOW DIAGRAM 
 

Aspen Plus Simulation 
 

Properties Setup 
 

The main component present in this simulation setup 

comprises EFB, MSF, carbon graphite (C), carbon 

monoxide (CO), carbon dioxide (CO2), ethylene (C2H4), 

ethane (C2H6), methane (CH4), nitrogen (N2), oxygen 

(O2), hydrogen (H2), hydrogen sulfide (H2S), water, 

sulfur (S), chlorine (Cl2), ash, and argon (Ar). Ascribing 

to the heterogenous nature of EFB, MSF, and ash, they 

were designated as non-conventional components [45], 

while C and S were categorized as solid types. This 

simulation of the co-gasification process emphasizes 

the utilization of the Peng-Robinson (PENG-ROB) 

method, due to its superior capability in determining 

the enthalpy of fluid mixtures. Specifically, the volume- 

translated Peng-Robinson Equation of State, known as 

one of the most popular cubic models globally, enables 

reliable estimations of physical and chemical exergy 

in both liquid and gas phases across all streams [46]. 
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Renowning the ability of the PENG-ROB approach 

in accommodating the actual gases and non-polar 

compounds like ethylene and ethane, the primary  

constituents of the proposed hydrogen production 

process, it is particularly suitable for the current study's 

simulation [47]. Enthalpy and density computations 

for EFB, MSF, and ash are conducted using built-in 

models known as "HCOALGEN" and "DCOALIGT" 

[45]. The HCOALGEN model necessitates proximate, 

sulfur, and ultimate analysis results to compute the 

enthalpy of non-conventional components, whereas 

the DCOALIGT model requires only sulfur and 

ultimate analysis results to determine the density of 

these components [48]. HCOALGEN incorporates 

various empirical correlations such as heat capacity, 

heat of combustion, and heat of formation. 

 

Co-gasification Simulation Setup 

 

Throughout the simulation process, various assumptions 

were made, as outlined below [49]: 

 

1) The inlet mass flow rate of both raw biomass 

material was assumed to be 1 to 1 ratio. 

 

2) Nitrogen and ashes were assumed to be inert. 

 

3) Tar and char were presumed to be carbon graphite 

(C) throughout the simulation. 

 

4) The devolatilization of biomass was considered 

instantaneous, and volatile products primarily 

consisted of H2, CO, CO2, CH4, and H2O. 

 

5) All the reactions involved were assumed to reach 

equilibrium, except for the WGSR. 

 

6) Reaction kinetics were not considered during the 

simulation. 

 

7) The process was assumed to be isothermal and 

operate in steady-state and zero-dimensional.  

 

8) Negligible heat loss was taken into account in 

this process. 

 

Inlet Conditions 

 

EFB (S1) and MSF (S6) were defined as the primary 

inlet streams of the co-gasification process, whereas 

the specifications and components are summarized in 

Table 17. 

 

 

Table 17. Chemical Properties of EFB and MSF [52]. 

 

Component ID EFB (S1) MSF (S6) 

Mass flow (kg/h) 29650 29650 

Temperature 

(℃) 

25 25 

Pressure (bar) 1 1 

Attribute ID PROXANAL (%) 

Moisture  14.4 12.1 

FC (fixed 

carbon) 

8.8 8.1 

VM (volatile 

matter) 

86.1 86.4 

ASH 5.07 5.52 

Attribute ID ULTANAL (%) 

Ash 5.07 5.52 

C 43.8 52.1 

H 5.8 7.2 

N 0.5 1 

Cl 0.33 0.38 

S 0.1 0.2 

O 44.4 33.6 

Attribute ID SULFANAL (%) 

PYRITIC 0 0 

SULFATE 0 0 

ORGANIC 0 0 

 

 

 

 
 

Figure 7. Process flow sheet for co-gasification process in ASPEN 
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Co-gasification Process Route in Aspen Simulation 

Dryers (DRYER1 & DRYER2) 
 

S1 and S6 underwent the DRYER 1 (100 ℃, 1 bar) 

and DRYER 2 (100 ℃, 1 bar) respectively, to dry up 

and generate water vapor. Both DRYERs defined in 

this simulation mainly operates using Rstoic, whereby 

S2 and S7 indicates the outlet stream from DRYER 1 

and DRYER 2, respectively.  
 

Separators (SEP1 & SEP2) 
 

In the boundaries of both DRYERs, stream S2 and S7 

were proceeded to different separators (SEP1 and 

SEP2) to separate water. In the first separator (SEP 1), 

a split faction of 1 was defined for EFB and water 

in the S4 and S3 outlet stream, respectively. Whilst, 

similar setup was defined in the second separator (SEP 

2), whereby a split fraction of 1 was defined for MSF 

and water in the S8 and S9 outlet streams. 
 

To drive the pyrolysis process and urge the 

formation of conventional chemicals from biomass, as 

well as to facilitate the involvement of EFB and MSF 

in phase or chemical equilibrium calculations, dry 

EFB (S4) and dry MSF (S8) were introduced into 

the decomposer units (DECOMP1 and DECOMP2) 

[45]. As elevated process temperature hinders char 

generation, the pyrolysis process was conducted at 

1050 °C and 24 bar [51, 52]. 
 

Decomposers (DECOMP1 & DECOMP2) 
 

RYield was employed in DECOMPs. When there's 

uncertainty regarding reaction kinetics and stoichiometry, 

RYield block can be utilized to provide yield distribution 

data. This approach was adopted to specify the yield 

distribution vector based on the final analysis of the 

EFB and MSF. Additionally, alongside the separated 

water in the separators, the output streams from DE-

COMP1 (S5) and DECOMP2 (S10) were simultaneously 

introduced into the GASIFIER. 
 

Gasifier (GASIFIER) 
 

S5 and S10 originating from the decomposers, along 
with S3 and S9 from the separators, and S37 from the 
ASU unit, constituted the five streams amalgamated 
and introduced into the GASIFIER. The outlet stream 
of the GASIFIER was denoted as S41. Calculation 
options included phase equilibrium and chemical 
equilibrium, with settings established at one bar of 
pressure and nine hundred degrees Celsius. Utilizing 
the RGIBBS reactor model, gasification reactions 
within the gasifier were simulated by minimizing the 
system's Gibbs free energy, allowing for the evaluation 
of both phase and chemical equilibrium [53]. This 
RGIBBS model facilitated the prediction of the  
equilibrium composition of the generated syngas, 
treating each component as a finished product. According 
to Ding et al., when the gasification temperature reaches 
approximately 900 °C, all processes tend to approach 
equilibrium, and the syngas produced reaches a stable 
state. Additionally, both the overall energy efficiency 

(OEE) and the cold gas efficiency (CGE) attain their 
optimal values at this temperature [17]. 

 

Cooler (COOLER3) 
 

S41 was brought into COOLER3. In order to continue 

with the WGSR, COOLER3 was configured to operate 

at 360 °C and 0 bar, lowering the stream temperature 

from 900 °C to 360 °C. S42 was COOLER3's outlet. 
 

Water Gas Shift Reactor (WGSREAC) 
 

S42 was directed into the WGSREAC to facilitate a 

WGSR, aimed at consuming CO and generating more 

H2, as H2 was the desired product. The WGSREAC 

operated at 360 °C and 1 bar pressure. While higher 

pressure could potentially enhance CO conversion, its 

impact was minimal, almost negligible, given the 

absence of significant changes in mole numbers from 

reactants to products, rendering the reaction pressure-

independent. Hence, the operating pressure could 

be set lower without substantially affecting hydrogen 

production, which could also help reduce operating 

costs [54]. Le Chatelier's principle suggests that as 

reaction temperature rises, the production of hydrogen 

decreases [55]. Therefore, to achieve a viable amount 

of H2 and ensure an acceptable CO conversion, the 

WGSREAC was configured at 360 °C. The reaction 

involved the interaction of S43, a pure water inlet 

stream, with CO. For optimal H2 production, the mole 

flow rate of S43 needed to be set at a minimum of 

2010.93 kmol/hr to ensure complete reaction with the 

CO. The output stream from the WGSREAC was 

denoted as S44. 
 

Filter (FILTER) 
 

Modeled by the Split function in ASPEN, all the ash 

in stream S44 can be removed and collected in stream 

S45, while the remaining component present in stream 

S46 was proceeded for further process. Notably, a split 

fraction of NC was defined as 1 in S45, while the rest 

remained at 0. 
 

Cooler (COOLER4) 
 

In order to proceed the separation process, stream S46 

was directed to COOLER4 to reduce the temperature 

from 360 ℃ to 150 ℃, while the outlet stream was 

defined as S47. 
 

Separator (SEP3) 
 

S47 was added to SEP3 in order to separate H2 from 

CO2 and purify the H2 product. The H2/CO2 membrane 

separation process was modelled using SEP for the 

metallic membrane separator. 95 % of the H2 permeate 

and 99 % of the CO2 residual were recovered [56]. In 

S48, the split fractions of H2 and CO2 were set to 0.905 

and 0.001, respectively, with the remaining value 

being 0. S48, the top SEP3 output stream, represents 

the product stream in this process overall, whereas 

S49, the bottom SEP3 outlet stream, represents the by-

product stream. 
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Table 18. Simulation result in Aspen Plus. 
 

  EFB inlet MSF inlet Product stream By-product stream 

 Units S1 S6 S48 S49 

Mass flows kg/hr 29650 29650 7138.49 119224 

ETHYL-01 kg/hr 0 0 0 0.0563 

ETHAN-01 kg/hr 0 0 0 0.0062 

METHA-01 kg/hr 0 0 0 400.351 

CO kg/hr 0 0 0 4504.48 

CO2 kg/hr 0 0 82.3123 82230 

HYDRO-01 kg/hr 0 0 7056.17 740.703 

H2S kg/hr 0 0 0 82.3776 

NITRO-01 kg/hr 0 0 0 387.526 

OXYGE-01 kg/hr 0 0 0 0 

WATEREFB kg/hr 0 0 0 30695.4 

EFB kg/hr 29650  0 0 

MSF kg/hr 0 29650 0 0 

C kg/hr 0 0 0 0 

S kg/hr 0 0 0 0 

CHLOR-01 kg/hr 0 0 0 182.792 

ASH kg/hr 0 0 0 0 

ARGON kg/hr 0 0 0 0 

 

 

Simulation Result 

 

S48 is the main product stream of the co-gasification 

process, whereby 7138.49 kg/h (6.2576×107 kg/year) 

mass flow rate of H2 with 98.8 % purity can be 

observed. According to this outcome, it can be  

deciphered that 29650 kg/h of the EFB and MSF are 

required to reach the target product capacity, which is 

6.25×107 kg/year. Table 18 depicted the simulation 

result obtained from Aspen Plus. O2, and 0.01 mol% 

Ar underwent compression with a mass flow rate of 

28695.6 kg/h, a temperature of 25 °C, and a pressure 

of 1.01 bar [57], whereas the cooling water stream 

(S18) of ASU comprises a mass flow rate of 160000 kg/h, 

at the temperature of 20 °C and 1.01 bar  pressure. 

 

Air Separation Unit (ASU) in Aspen Simulation 

 

As described by Querol et al. [57], the primary inlet 

stream of ASU was air (S11), which mainly consists 

of 0.78 mol% N2, 0.21 mol%. Facilitated by the 

cooling water stream (S18) in the heat exchangers 

(HEX1, HEX2), the intermittent cooling expedites the 

pressurization of the air inlet stream (S11) through 

multiple stages of compressors (COMP1, COMP2). 

Subsequently, the air stream (S15) was divided into 

two streams (S16, S17) through SPLITER1, whereas 

the latter (S17) was directed to the main heat  

exchanger (MULH) to experience a substantial 

temperature reduction before entering the high-

pressure distillation column DC1. In the meantime, 

both product streams (S21 and S22) were warmed in 

the main heat exchanger (MULH), exchanging heat 

with streams S17 and S20 [57]. Conversely, the stream 

S16 underwent second cycle of pressurization and 

cooling process in COMP3 and HEX3, simultaneously 

before entering the MULH for external cooling.  

Subsequently, the cooled stream was further introduced 

into the 36-stages-high-pressure distillation column 

DC1 after experiencing expansion in VALVE1. Two 

streams comprising high purity of nitrogen (S28) and 

oxygen (S29) were produced and directed to individual 

cooling (COOLER1, COOLER2) and pressure 

adjustment (VALVE2, VALVE3). Subsequently, these 

streams were directed to a 70 stages of low-pressure 

column DC2. The as-produced oxygen-enriched stream 

(S34) was then pressurized to the desired pressure in 

liquid form using PUMP2. Parallelly, the nitrogen-rich 

stream (S35) underwent a temperature increase in a 

heat exchanger (HEX4). In the meantime, the oxygen 

stream, S37, was directed to the gasifier for syngas 

production. On the other hand, the nitrogen stream, 

S36, could undergo additional processing to generate 

marketable products such as liquid nitrogen or ammonia, 

among others. Table  outlined the process para-meters 

for involved units in the ASU simulation. 
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Figure 8. Process flow sheet for co-gasification process in ASPEN. 

 

 

Table 19. Input specifications for each unit in ASU simulation. 
 

Unit Specifications 

Distillation 

column 

DC1 Number of stages: 36 

Condenser: Partial-Vapour 

Reflux ratio: 1.5 

Feed streams: Stage 18 (Above-Stage) 

Product streams: S28 – Stage 1 (Vapor); S29 – Stage 36 (Liquid) 

Condenser pressure: 5.01 bar 

DC2 Number of stages: 70 

Condenser: Partial-vapour 

Reflux ratio: 3 

Feed streams: Stage 35 (On-Stage) 

Product streams:  

S34 – Stage 70 (Liquid); S35 – Stage 1 (Vapor) 

Condenser pressure: 1.06 bar 

Heat 

exchanger 

 Counter current flow 

HEX1 Hot stream outlet temperature: 30 °C 

HEX2 Hot stream outlet temperature: 30 °C 

HEX3 Hot stream outlet temperature: 24.6 °C 

HEX4 Cold stream outlet temperature: -175 °C 

MULH Inlet stream S20 S17 S21 S22 

Exchanger side HOT HOT COLD COLD 

Outlet stream S25 S26 S37 S36 

Temperature (°C) -164.1 -164.1 27  

Pressure (bar) 12 6.59 4.7  
 

Compressor  Isentropic compressor 

COMP1 Discharge pressure: 2.58 bar 

COMP2 Pressure increase: 1.57 bar 

COMP3 Pressure increase: 5.41 bar 

Pump PUMP1 Discharge pressure: 3 bar 

PUMP2 Discharge pressure: 4.7 bar 

Splitter SPLITTER Stream: S17                           Split fraction: 0.68 

Cooler COOLER1 Temperature: -184 °C             Pressure: 5.07 bar 

COOLER2 Temperature: -180.6 °C          Pressure: 6.59 bar 

Valve  Adiabatic flash for specified outlet pressure 

VALVE1 Outlet pressure: 6.59 bar 

VALVE2 Outlet pressure: 1.06 bar 

VALVE3 Outlet pressure: 1.06 bar 
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Table 20. Overall mass balance deviation between Excel calculation and ASPEN simulation. 
 

Stream Excel Aspen 
% 

Deviation 
Stream Excel Aspen 

% 

Deviation 

1 29650.00 29650.00 0.00 26 19513.01 19513.01 0.00 

2 29650.00 29649.35 0.00 27 9182.59 9182.59 0.00 

3 4269.60 4268.95 0.02 28 10973.00 10973.20 0.00 

4 25380.40 25380.40 0.00 29 17722.60 17722.40 0.00 

5 25380.40 25380.40 0.00 30 10973.00 10973.20 0.00 

6 29650.00 29650.00 0.00 31 17722.60 17722.40 0.00 

7 29650.00 29650.00 0.00 32 10973.00 10973.00 0.00 

8 26062.35 26062.35 0.00 33 17722.60 17722.40 0.00 

9 3587.65 3587.10 0.02 34 6256.75 6252.77 0.06 

10 26062.35 26062.35 0.00 35 22438.85 22442.83 0.02 

11 28695.60 28695.60 0.00 36 22438.85 22442.83 0.02 

12 28695.60 28695.60 0.00 37 6252.77 6252.77 0.00 

13 28695.60 28695.60 0.00 38 9182.59 9182.59 0.00 

14 28695.60 28695.60 0.00 39 160000.00 160000.00 0.00 

15 28695.60 28695.60 0.00 40 160000.00 160000.00 0.00 

16 9182.59 9182.59 0.00 41 68682.73 65552.19 4.56 

17 19513.01 19513.01 0.00 42 68682.73 65552.19 4.56 

18 160000.00 160000.00 0.00 43 63535.39 63535.39 0.00 

19 160000.00 160000.00 0.00 44 128887.28 129087.58 0.16 

20 9182.59 9182.59 0.00 45 2725.43 2725.43 0.00 

21 6256.75 6252.77 0.06 46 126161.85 126362.15 0.16 

22 22438.85 22442.83 0.02 47 126161.85 126362.15 0.16 

23 160000.00 160000.00 0.00 48 7000.67 7138.49 1.93 

24 160000.00 160000.00 0.00 49 119161.18 119223.67 0.00 

25 9182.59 9182.59 0.00     

 

 

Table 20 reveals that the overall mass balance 

deviation ranges from 0.00 % to 4.78 %, whereas the 

highest deviation occurs in the co-gasification product 

stream. This disparity can be elucidated by the existence 

of differences between the assumptions made in manual 

calculation and ASPEN simulation within the co-

gasification system boundary. Particularly, the specific 

mechanism that occurs within the RGIBBS block in 

the ASPEN simulation remains unclear, whereas the 

exact chemical reactions occurred was not realized. 

Hence, a high deviation reaching 4.78 % was obtained 

in the calculation outcome. 

 

Throughout the development of the hydrogen 

production system, the computation of the mass balance 

within the co-gasification reaction system boundary 

was conducted according to the as-outlined chemical 

reactions. As summarized in Table 21, it should be 

highlighted that only minimal deviation was realized 

between the ASPEN and manual simulation with the 

assumption of 100 % carbon fractional conversion.  

 

Table 21. Chemical reactions involved in the co-

gasification process [17]. 

 

ID Chemical Reaction Reaction Name 

R1 𝐶 + 𝑂2 → 𝐶𝑂2 Combustion 

R2 𝐶 + 0.5𝑂2 → 𝐶𝑂 Partial 

Oxidation 

R3 𝐶 + 𝐶𝑂2 → 2𝐶𝑂 Boudouard 

R4 𝐶 + 𝐻2𝑂 → 𝐶𝑂 + 𝐻2 Steam 

Reforming 

R5 𝐶 + 2𝐻2 → 𝐶𝐻4 Methanation 

R6 𝐻2 + 0.5𝑂2 → 𝐻2𝑂 H2 Oxidation 

R7 𝐶𝑂 + 0.5𝑂2 → 𝐶𝑂2 CO combustion 

R8 𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 + 𝐻2 Water Gas Shift 

R9 𝐶𝐻4 + 𝐻2𝑂 → 𝐶𝑂 + 3𝐻2 Methane-steam 

reforming 

R10 𝐶𝐻4 + 𝐶𝑂2 → 2𝐶𝑂 + 2𝐻2 Methane-CO2 

reforming 
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The estimation of char and tar through a 

thermodynamic equilibrium model can be complicated 

due to the non-equilibrium properties of tar. Therein, 

this study exempted the formation of tar and char 

throughout the manual calculation of the co-gasification 

process [58]. By employing these assumptions, a 

deemed acceptable final mass balance deviation of 

4.56 % between ASPEN and manual calculation was 

resulted. 

 

Analogous computations were performed for the 

WGSR within the co-downstream gasifier's operation. 

The redox type reaction known as the WGSR can be 

summed up by the following equation [59]: 

 

𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 + 𝐻2    (6) 

 

In actuality, the manual mass balance calculation 

assumed a fractional conversion of 92 % CO, which 

was consistent with the ASPEN simulation [54]. After 

using the previously indicated fractional conversion 

and assumptions, the final mass balance divergence 

between the ASPEN simulation and manual calculation 

was found to be 0.16 %, which is considered acceptable. 

 

Process Flow Diagram 

 

The present study proposes the co-gasification of 

MSF and EFB to produce hydrogen. As depicted in 

Figure 9, the proposed PFD comprises five (5) inlets 

and five (5) outlets. Specifically, the main inlet stream 

encompasses the feedstock (EFB and MSF), cooling 

water for heat exchanger operation, the air stream 

for the ASU, and steam for the WGSR. Conversely, 

hydrogen constitutes the primary product of the process, 

while POFA and nitrogen serve as its byproducts. 

Additionally, the procedure incorporates a flue gas 

outlet and cooling water. 

 

Hydrogen Purification Process 

 

The product stream from the WGSR contains a notable 

concentration of contaminants, such as ash, CO, C2H6, 

C2H4, and CH4. Consequently, prior to entry, both the 

gas separation unit and atmospheric emissions must 

undergo gas cleaning. Eliminating ash from the system 

can effectively reduce the load on subsequent equipment 

and enhance efficiency. Gas cyclones exhibit significant 

potential for dust removal, typically capable of  

eliminating around 70 % of particulate matter, sulphur 

compounds (SOx), and nitrogen oxides (NOx). 

 

To further eradicate any remaining particulate 

matter in the system, this study proposes the  

introduction of a gas cyclone upstream of the gas 

separation unit and downstream of the WGSR.  

Moreover, the study suggests constructing a gas 

cyclone with 90 % grade efficiency, which would 

substantially reduce the presence of particles larger 

than 0.258 μm. The primary constituent of the ash 

found in the production facility is known as POFA, 

which is the residue remaining after the combustion of 

OPW. Moreover, the extracted POFA could potentially 

be sold for profit to be utilized in applications such as 

dense membrane and asphalt [60-62]. 

 
 

Table 22. Detailed deviation comparison table in co-

gasification system boundary. 
 

Stream 41 

Aspen Excel % 

Deviation 

Mass flow 

rate (kg/h) 
129087.58 128887.28 0.1552 

CO (kg/h) 
4504.48 4502.81 0.0371 

CO2 (kg/h) 
82312.29 82293.97 0.0223 

H2 (kg/h) 
7796.88 7735.46 0.7877 

H2O 

(kg/h) 
30695.39 30669.36 0.0848 

 

 

Removal of particulate matter is crucial for 

maintaining clean air quality and adhering to the 2014 

Clean Air Regulation [63]. Various technologies are 

now employed in the CO2 removal process, including 

membrane, adsorption, and absorption methods. 

Membrane separation technologies have been chosen 

for the hydrogen purification process due to their  

notable features, which encompass easy operation, 

minimal capital costs, low energy consumption, and a 

small environmental footprint. 

 

A review of the literature indicates that metallic 

membranes utilizing palladium (Pd) demonstrate 

superior performance in hydrogen permeation recovery, 

achieving a remarkable 90.5 % recovery rate, along 

with a 99 % residue recovery rate for CO 2 [56].  

Achieving a hydrogen purity of 99 % aligns with the 

industry standard for purified hydrogen gas. However, 

it is evident that the membrane's retentate retains a 

notable amount of residual flue gas. To mitigate  

greenhouse gas emissions, adhere to the Clean Air 

Regulation of 2014, and support the Paris Agreement, 

the implementation of a carbon capture and sequestration 

(CCS) system or a flue gas treatment system is  

necessary [63]. This study proposes the adoption of a 

microalgae-based CO2 bio-fixation method for flue 

gas treatment. It is envisaged that the biogas produced 

through this bio-fixation technology could potentially 

serve as a fuel source for the production facility [64-66]. 
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Figure 9. Process flow diagram (PFD): D-101-102 are the belt dryers; R-101-102 are the reactors; E-101-120 are 

the heat exchangers; V-101 is the packed bed absorber; F-101 is the fluidized bed membrane reactor; C-101-104 

are the compressors; P-101-102 A/B are the pumps; T-101-102 are the distillation columns. 

 

 

 
 

Figure 10. A schematic diagram of the hydrogen purification process: R102 is reactor; V-101 is packed bed 

adsorber E-114-120 are heat exchangers; F-101 is fluidized bed membrane reactor; C-104 is the compressor. 

 

 

Integration of Sustainability Elements 

 

Sustainable development, as articulated by the 

Brundtland Report (1987) and further emphasized by 

Hajian, underscores the importance of meeting the 

needs of the present generation without compromising 

the ability of future generations to meet their own 

needs. Such initiatives often prioritize long-term 

sustainability objectives, encompassing social, environ- 

mental, and economic considerations [67]. The Triple 

Bottom Line performance dimensions-financial, environ- 

mental, and social-play a pivotal role in advancing 
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sustainability. In essence, sustainability serves as a 

framework aimed at enhancing societal well-being 

and economic prosperity while minimizing adverse 

impacts on the environment, as noted by Al-Sharrah et 

al. and Aryanasl et al. [68, 69]. 

 

From a holistic perspective, the design of the 

PFD has integrated sustainability principles spanning 

economic, social, and environmental dimensions. In 

essence, leveraging agricultural waste as a precursor 

for the synthesis of value-added products serves to 

mitigate environmental pollution by preventing waste 

accumulation and potential soil contamination resulting 

from improper disposal practices [70, 71]. Through 

systematic optimization, efficient utilization of agri-

cultural waste can be achieved, thereby alleviating 

concerns associated with waste accumulation, reducing 

greenhouse gas emissions, and fostering environmental 

conservation. Additionally, the inclusion of flue gas 

treatment in the plant design aims to minimize 

greenhouse gas emissions and mitigate air pollution. 

Moreover, the integration of a gas cyclone in the flue 

gas cleaning system is geared towards eliminating 

particulate matter, including POFA. Furthermore, the 

adoption of a unified cooling water stream to supply 

heat to the ASU heat exchanger underscores water 

conservation efforts within the proposed plant design. 

This approach not only supports water security but 

also aligns with SDG 6, which addresses clean water 

and sanitation issues. Furthermore, the plant design 

envisages a wastewater treatment system, contributing 

to maritime safety and supporting SDG 14, which 

focuses on marine life preservation. 

 

From an economic standpoint, the optimization 

of system operations and design parameters was 

employed to enhance efficiency and curb energy wastage 

in crafting the proposed PFD. This optimization  

strategy aims to foster energy conservation, leading to 

potential savings in energy expenditure and reducing 

the overall production costs. Additionally, by minimizing 

energy consumption and waste, the expenses associated 

with the final product can be diminished. 

 

Furthermore, in terms of social considerations, 

the process plant was meticulously planned with  

safety measures informed by a comprehensive 

preliminary risk analysis, incorporating preventive 

and mitigating measures to mitigate the likelihood of 

accidents. Moreover, the design of the process plant 

strictly adheres to the guidelines outlined by the  

Malaysian Department of Occupational Safety and 

Health, ensuring the health, safety, and welfare of both 

the community and the workers [72]. To reinforce 

safety measures, temperature indicators will be installed 

in the vicinity of the plant, along with pressure relief 

valves positioned around the co-gasifier and WGSR. 

Additionally, a robust process control and safety 

instrumentation system will be implemented to maintain 

acceptable safety standards. 

CONCLUSIONS 

 

In summary, the objectives of this study were 

successfully achieved. This research advocates for 

utilizing the co-gasification method to generate hydrogen 

from biomass sourced from palm trees, considering 

hydrogen's promising prospects as a clean and efficient 

alternative to fossil fuels. Projections from market 

studies indicate a surge in hydrogen demand by 2028, 

prompting the proposal to establish a facility aimed at 

producing 62.5 kt of H2 annually, about half of the 

targeted market demand [66]. The selection of EFB 

and MSF as biomass feedstock was driven by their 

cost-effectiveness, high production rates, and low 

moisture content. Furthermore, the choice of Kuantan, 

Pahang (3.8168 ˚N, 103.3317 ˚E) as the site for the 

gasification plant was based on factors such as suitable 

land availability, cost-effectiveness, labour supply, 

transportation accessibility, and infrastructural 

development. Subsequent to simulating the production 

process, both material and energy balances were 

meticulously computed and compared with the  

simulation's outcomes. Additionally, a comprehensive 

PFD was crafted. The envisioned outcome is the 

production of purified hydrogen gas at a rate of around 

7000 kg/h, with input rates of EFB and MSF set at 

29650 kg/h. An economic assessment estimated the 

potential cost as USD 12.40 per kg of output.  
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